Introduction
Gas-liquid-liquid-solid (GLLS) systems are employed extensively for manufacturing of fine and speciality chemicals. As the name indicates, these reaction systems consist of four phases each having a specific purpose in the reaction system. Gas and solid phases generally have a reactant gas (along with vapours of volatile components) and catalyst. The two liquid phases are obviously immiscible, among which one is acting as a continuous phase in which the secondary liquid phase, solid and gas phases are dispersed. The catalyst may be present in one of the liquid phases (continuous or dispersed) which becomes the reaction phase. This is sometimes achieved using various chemical methods like use of a complex forming agent as in hydrogenation of benzene [1, 2] or adjusting the pH of aqueous phase in the case of hydrogenation of cinnamaldehyde [3, 4] . Due to these two characteristics a four phase system becomes sensitive to parameters like reaction conditions, hold up, mass transfer etc.
Furthermore, any modelling attempt must incorporate the interaction between reaction, thermodynamic and transport parameters.
In a three phase (GLS) reaction system the reactants, solvent and products (liquid/dissolved solid products) are present in the same phase. This might lead to further reaction leading to formation of side products causing losses in terms of selectivity of the commercially desired product. GLLS systems typically are used where abetting or abatement of a reaction or set of reactions is required to increase the selectivity of a particular product. The presence of a secondary phase is of key importance to this objective as the subsequent mass transfer between liquid phases may alter the overall reaction scheme [5] . In four phase systems the desired product or intermediate is absorbed by the secondary phase where it may undergo a separate set of reactions that finally leads to higher selectivity. In some cases, the product is simply isolated in an immiscible solvent where it can be easily separated downstream [1, 2, 6] .
There have been some attempts to model four phase systems as shown in Table 1 . In many cases the model was used to back calculate kinetic parameters by fitting the experimental data;
for example: Lehtonen et al (1998) [7] and Roy et al (2005) [8] . Most of such models use volumetric rate of reaction and not the rate at the surface of the catalyst. The rates of formation of final products were back calculated using the experimental data [9, 4, 10] . Lekhal et al [11] attempted to define reaction regime based on the relative rates of mass transfer and reaction.
Garf et al [5] have included non-isothermal effects. However most of the other models have considered isothermal mode of operation. In many of these earlier models, intricacies of four phase systems were not adequately considered [10, 9, 12] . In many studies, reacting mass is assumed to be saturated with hydrogen which is not usually the case. None of these models have considered the evaporation of solvents/reactants and its subsequent effect on partial pressure of hydrogen and solubility of hydrogen in the reaction phase [11, 13, 9, 33] .
Hence, there is a need for an improved model that considers gas-liquid as well as liquid-liquid is in production of analgesics like paracetamol. Previously, pAP was produced by iron acid reduction of p-nitro-chlorobenzene or p-nitrophenol [14] . The major disadvantage of this multistep process is that it produces 1.2 kg of iron oxide sludge per kg of product. Hence, the process has been rendered unusable as it is environmentally unfeasible and very inefficient.
Henke and Vaughen (1940) [15] first reported a process for pAP by hydrogenation of nitrobenzene using Pt catalyst and mineral acid (other examples are listed in Table 2 ). Many of these research articles explored different catalyst for the reaction [16, 9, 17] .
Recently, Rode et al (1999 and 2001) [9, 13] described the reaction and modelling of hydrogenation of nitrobenzene (NB) to pAP in considerable detail. NB in the presence of hydrogen and catalyst forms an intermediate phenylhydroxylamine (PHA) which further hydrogenates to form aniline with a very high selectivity (>90%). However, if a low pH aqueous phase is added to the reaction mixture the reaction changes its path completely to form pAP as the major product. This addition of an immiscible phase with seemingly no interaction with the reaction itself make a very interesting and useful study to understand both qualitatively and quantitatively the process of four phase reaction systems.
the immiscible second liquid phase. Due to the presence of an aqueous phase both aniline and PHA enter into the aqueous phase where due to the presence of mineral acid (H + ions) PHA undergoes further reaction. This reaction is called Bamberger rearrangement where the hydroxyl group attached at the β position of nitrogen migrates to the para position with respect to (-NH2) on the benzene ring. Because of this rearrangement pAP is formed in the aqueous phase. Another use of the mineral acid is that it reacts with the pAP and forms a salt, due to this the concentration of both pAP and PHA are very low in the aqueous medium and the concentration gradient responsible for mass transfer of PHA from organic to aqueous phase is maintained. The complete reaction scheme is shown in Figure 1 [9] .
The focus of the present work is on the formulation of a comprehensive reactor-engineering model for GLLS reactor. A generalized framework for a single well mixed cell (and associated with vapour space) was developed. The single mixing cell model can be extended, using the computational fluid dynamics (CFD) framework, to formulate "network of mixing cells" to represent more real-life reactor configurations and operating conditions. In the present work,
we have presented results with a single mixing cell which are representative of an ideal CSTR.
The model equations, numerical solution and obtained results are discussed in the following.
Mathematical model of GLLS reactor
The schematic representation of single cell framework is shown in Figure 2 . There are two liquid phases in the aforementioned mixing cell representing continuous phase and dispersed phase. The representative solid phase is the catalyst and it may be present in either or both liquid phases. The inlet flow rate of gas may depend on gas sparged in the reactor as well as gas induced by impeller (in case if gas inducing impeller is used). The model equations are presented in the following:
Mass balance equation for component 'i' in liquid phase 'P' can be written as:
Where VD,n denotes volume of GLLS dispersion in mixing cell 'n'. P i k R , denotes rate of formation of component 'i' in phase 'P' via reaction 'k'.
The overall mass balance of liquid phase 'P' can be written by summing Equation (1) over all components as:
The source terms appearing in these equations are for reaction, liquid -liquid mass transfer and gas -liquid mass transfer.
Energy balance over the liquid phase 'P' can be written as:
The sources appearing in Equation (3) represent enthalpy of reaction, evaporation and solution and the enthalpy related to the mass transfer. The expressions for α, β and γ are given below.
ΔHenv and ΔHP represent the heat exchange between coolant and phases respectively.
Mass balance for dispersed and overhead gas phase can be written as:
Fin is the volumetric gas flow rate to the reactor: either sparged or induced by devices like jet ejectors or gas inducing impellers and is an input data to the model. Rest of the terms shown are similar to the liquid phase mass balance. It is to be noted that direct interaction between the liquid phase and the overhead space is negligible in comparison to the dispersed gas phase as the area available for heat and mass transfer between liquid and dispersed gas is far greater.
Energy balance for dispersed and overhead gas phase can be written as:
The sum of gas and liquid phase mass balances results in overall mass balance as:
In order to solve these model equations, additional correlations/equations for thermodynamic models, mass/heat transport, source terms, constitutive laws and closure/sub models are needed. These equations are given below.
Equation (10) was used to calculate volume of dispersion (VD). The volume of the overhead space was then calculated using specified volume of reactor (VR) as:
Outlet flow rate of gas was calculated using bubble rise velocity (Vb,inf ) and gas hold-up as:
Bubble rise velocity and bubble diameter [29, 30] were calculated as:
Source terms appearing in the model equations need to be formulated in order to close the model equations. The reaction source terms based on rate of formation of species i, via reaction k in phase P were formulated as:
This generalized rate of reaction can be used for both power-law and for LanguimirHinshelwood kinetic expressions. Parameter α is concentration of catalyst in phase (w/w) for catalytic reactions and for non-catalytic reaction α is set to 1. All the kinetic parameters are provided as input data and the concentrations were calculated from mass fractions as:
If the reaction phase is gaseous the density of reaction phase was calculated using Equations 18-19 (ideal gas law). From average molecular weight, mole fractions were calculated and using mole fraction phase properties like specific heat were determined as shown in Equations 20-21. 
The mass transfer rates were expressed as:
Where C P,int can be calculated using the following:
The parameters α, β and γ were calculated appropriately depending on whether the solvent is evaporating or vapours are condensing as:
Other sub-models include the estimation of thermodynamic parameters like solubility and vapour pressure. Regular solution theory was used for estimation of solubility [18, 32] . The hydrogen solubility in different species data was taken from various literature sources [19, 20, 21, 31] .
The heat transfer sources were formulated as:
The model equations were solved using MATLAB. The ode15s solver suitable for solving differential algebraic equations was used. The ode15s solver uses modified backward difference formulae (BDFs) called the numerical difference formulae (NDFs) to discretize the set of equations and the equations are then solved using simple Newton iteration method [22] .
The accuracy and order can be controlled using various options like tolerance and order 
Results and Discussion
The reactor model presented here was first used to simulate laboratory scale experiments to establish its applicability. The model was then used to develop general guidelines for four phase hydrogenations. A case of hydrogenation of nitrobenzene to para amino phenol was considered here for illustration.
Comparison with the experimental data
Two sets of experimental data emanating from the group of Rode and co-workers were selected. In the first set of experimental data (Rode et al [9] ), part of the reported data was used to estimate kinetic parameters. The model predictions were then compared with the remaining part of experimental data.
Vaidya et al. [23] ( The reported conversion and selectivity data was also used along with the hydrogen consumption data. The developed reactor model was able to fit the experimental data reasonably well (see Figure 3 for comparison). Using the estimated kinetic parameters, the model was used to simulate influence of pressure on hydrogen absorption, NB conversion and selectivity towards pAP. It can be seen from Figures 4a and 4b that model was able to capture experimental data quite well.
Recently Rode and co-workers [26] have carried out hydrogenation of NB at low pressures (less than 3 atm. hydrogen partial pressure) using different process. These reactions were carried out at higher temperature range (up to 383 K) than that used by Vaidya et al. [23] . They have carried out experiments using hexane as a solvent for NB. Experiments were carried out in two sets:
one with aqueous phase as a continuous phase and the second with organic phase as a continuous phase. Presence of hexane at higher operating temperature resulted in significant vapour pressure of solvents (hexane and water while immiscible form a low boiling azeotrope at 61 ᵒC [24] ). A truncated NRTL model was used to estimate partial pressure of the evaporated However, it may be sufficient to state here that the reactor model was able to capture the key experimental data of conversion, selectivity, temperature and hydrogen consumption adequately. The model was then used to understand overall behaviour of GLLS hydrogenation reactors and to evolve general guidelines for enhancing their performance. Figure 6a and 6b shows the comparison of single phase and three phase models described earlier to the GLLS (4 phase model) and experimental results for dispersed reaction phase.
Simulations were performed for the Vaidya et al [23] system using single, 3 phase and 4 phase models for different values of kla-g (G-L mass transfer coefficient). The key points are listed below.
1. As single phase model does not account for mass transfer no change in conversion was reported, in 3-phase and 4 phase model conversion decreases with decrease in kla-g.
2.
In GLLS model the overall resistance to mass transfer is higher as compared to 3 phase (GLS) model hence we see lower conversion in GLLS model than GLS model. In addition to the conversion, selectivity, hydrogen consumption and temperature the GLLS reactor model is capable of simulating boiling of solvents in the reactor. This is of importance as the reaction is conducted in non-isothermal and under isobaric conditions. This implies that the vapour pressure of the solvents will change with respect to temperature and the partial pressure of hydrogen will be affected due to additional boiling/condensation. Hence, in order to have a non-isothermal model the boiling of solvents must be predicted with accuracy.
Experiments were performed in which the reaction mixture was heated to temperature ranging from 70-100 ᵒC and vapour pressure readings were taken. No catalyst and hydrogen was added hence there was no reaction during the course of experiments. This data was plotted with the simulated reactor pressure using the GLLS as shown in Figure 7 . As can be seen from the figure that the simulated values agree with the experimental data. Hence, it can be said with confidence that the partial pressure of hydrogen was calculated with adequate accuracy during the simulations.
Application of model for enhancing performance of GLLS reactor
The model developed in the previous sections may be used for selecting reactor and reaction conditions for any four phase hydrogenation. There are many critical issues in a four phase reaction system that must be addressed before finalizing the design and operational parameters.
It is important to understand interactions of heat and mass transfer with chemical reactions.
Besides this, there are several other important parameters like selection of continuous phase, volume fraction of dispersed phase, whether the catalyst exists in continuous or dispersed phase and so on. The conversion and selectivity will also be function of other usual operating parameters as temperature, pressure and residence time. The model presented here will be very useful to quantitatively understand influence of these several variables and will guide the user to identify best operating conditions. In order to illustrate the application of model for such an exercise, simulated results are best presented in terms of dimensionless numbers. to 6 x 10 -3 while the adsorption coefficient (K) ranges from 7 ~ 15. Hence the denominator expression (1 + KCH2) was approximated to 1.The range of gas-liquid mass transfer coefficient selected was in between 10-0.01 m/s [3] , while the upper limit coincides with the mass transfer coefficient in a jet ejector or gas inducing impeller while the lower limit represents extremely poor mass transfer cases.
The relevant data was taken from the illustration case considered here (hydrogenation of nitrobenzene). The catalyst location was found to be in organic phase from the cold flow experiments irrespective of whether organic phase is continuous or dispersed. Similar observations were made by Rode et al [26] and Yamata et al et al [25] . The model was then used to carry out simulations over a wide range of mass transfer/ kinetic parameters (in terms of the ratio of two Damkohler numbers mentioned earlier). Key results are discussed in the following.
Influence of continuous phase
The first reactor operation parameter to be analysed is the selection of continuous phase, i.e. describes the impact of liquid-liquid mass transfer on conversion and selectivity, as described previously there is no impact of L-L mass transfer on the conversion. However, as the value of Da-kla-l decrease beyond a certain limit (Da-kla-l < 10) the selectivity decreases from 65-70 % to 20 %. The reason behind this is as PHA is continuously being converted to pAP in a relatively fast reaction the impact of LL mass transfer can only be seen at very low values of Da-kla-l. Figure 10 and 11 shows the change in conversion of NB at Da-Rxn numbers, which may represent reaction rates at different temperatures. The simulations presented were done at 1 bar hydrogen pressure and 3000 s residence time. In order to keep the discussion general the DaRxn parameter was varied from 150-450. As shown in Equation (38) the concentration of hydrogen in liquid does change with the change in the mass transfer coefficient and reaction rates. As the rate of reaction increase, mass transfer coefficient must be increased.
Influence of temperature
(38) Figure 10 shows contour plots for conversion vs. Da-Rxn and Da-kla-g at four instances of Dakla-l. As seen from the figure the conversion profiles at lower Da-Rxn and Da-kla-g are similar to each other. Hence, it is to be noted that for Da-Rxn < 225 and Da-kla-g < 1500 there is no significant difference between the conversion values for 15000<Da-kla-l<300. However, as the reaction rates increase (Da-Rxn > 250) the effects of L-L mass transfer become more and more pronounced as we can see that the conversion starts to decrease. Figure 11 shows when reaction phase is continuous 
Influence of Hold-up of reaction phase
In this section, the effect of hold up on reaction conditions is studied as the mass transfer requirements change with the change in hold of the reaction phase. If the organic or the reaction phase is dispersed then, the holdup will have impact on gas-liquid transfer requirements. The relationship of conversion of NB and selectivity to pAP with the hold up and liquid-liquid mass transfer coefficient can be seen in Figure 12 . Where, as 
Extension to a multi-cell framework
The discussion presented in the present work is limited to the framework of a single cell or an ideal CSTR. While in small reactors the ideally mixed tank assumption may be valid, but in larger reactors (> 100 lit) the stirred tank assumption breaks down due to improper mixing. In an inadequately mixed system there may separate zones having different degrees of mixing.
Such regions may have different values of temperature, catalyst concentration and mass transfer rates. In the above mentioned circumstances the current approach of a single mixed cell will break down. In order to implement the current GLLS reaction modelling approach in a larger system the knowledge of flow regimes and over all flow parameters is required.
Computation fluid dynamics (CFD) approach is best suited for analysing situations where flow plays a very important part in governing hydrodynamics and mass transfer. After resolving the flow inside the reactor a multi-zonal model may be developed using the flow profiles inside the reactor. Development of multi-zonal model in a stirred tanks is discussed in Alopaeus et al [34] and Bezzo et al [35] .
The sensitivity to Da-kla studies are simplified simulations showing the sensitivity to mass transfer coefficients. The lower mass transfer rate cases may be coupled with change in regime of flow and the mixed flow assumptions will now be valid. However, this is simply an exercise
in showing how the rates and conversion will be affected if with the variation of mass transfer coefficient. [23] and simulated results using the fitted kinetics for (a) hydrogen consumption and (b) selectivity of pAP at Temperatures 323-353 K and Pressure 0.68-6.8 MPa 
Conclusions

